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A two-zone fluidized bed reactor for catalytic propane dehydrogenation
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Abstract

A new reactor technology is employed for propane dehydrogenation over a Cr2O3/Al2O3 catalyst. This reactor allows the continuous
regeneration of the catalyst, but avoids the transfer of large amounts of solid between two reactors, since one single vessel is employed. The
experimental work was carried out in a bench scale reactor using two configurations: (a) a two-zone fluidized bed reactor (TZFBR), where
propane and oxygen are fed at different levels, providing separated zones for the reaction and catalyst regeneration; (b) an internal circulating
fluidized bed reactor (ICFBR), where the addition of an axial dividing slab allows the partition of the vessel, giving two beds connected at the
top and bottom and enabling better catalyst circulation. The effects of the main operating variables were studied: bed temperature, gas velocity,
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xygen flow rate fed to the reactor, relative length between the oxidizing and reacting zones and theW/F ratio. Under suitable condition
teady-state operation with propene yields as high as 30% can be achieved, with small requirements of oxygen to continuously re
atalyst.
2004 Elsevier B.V. All rights reserved.
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. Introduction

The international chemical market has demonstrated dur-
ng the last decade a great interest in processes involving
ight olefins production because of its interest as starting ma-
erials in some of the most important polymers, oxygenated
ompounds and synthetic rubbers manufacture, propane is
urrently produced as a co-product of ethylene. Recent re-
orts [1] indicate that the growth rate of propene demand
ill surpass that of ethylene until the year 2005, in spite of

he fact that ethylene consumption is anticipated to double
y 2015. Several schemes have been proposed for propene

ndustrial production (e.g. oxidative dehydrogenation[2–4],
etathesis[5]) but nowadays, catalytic dehydrogenation is

he most feasible for propane upgrading on a commercial
cale.

Propane dehydrogenation is an equilibrium limited and
highly endothermic reaction that is generally carried out

t 525–625◦C and atmospheric pressure using platinum or
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chromium catalysts; those catalyst are not full selective
dehydrogenation is accompanied by cracking and cokin
actions.

Catalyst deactivation by coking is the common prob
of the non-oxidative dehydrogenation processes. To rem
these coke deposits from the catalyst surface, combu
with oxygen–diluent mixtures is often carried out off-li
either in separate or in the same reactor, after purgin
flammable hydrocarbon gases. In any case, the down
for regeneration represents a significant economic pe
which provides the driving force for processes where the
alyst is continuously regenerated. Commercial processe
light olefins dehydrogenation based on this continuou
generation can be found, such as the propane fluidize
dehydrogenation (FBD-3)[6,7] from Snamprogetty, in whic
separate reactors are used for reaction and regeneratio
large amounts of catalyst must be transferred between
vessels.

Another problem associated with all the industrial de
drogenation reactors is how to supply the huge quanti
heat needed by the reaction, maintaining a careful cont
E-mail address:qtmiguel@posta.unizar.es (M. Menéndez). the temperature to minimize the formation of other products
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Nomenclature

F molar flow (mol/min)
h bed height (cm)
hc height of the hydrocarbon feed point (cm)
ICFBR internal circulating fluidized bed reactor
TZFBR two-zone fluidized bed reactor
u gas velocity (cm (STP)/min)
umf minimum fluidization velocity (cm (STP)/min)
ur relative gas velocity (u/umf)
W amount of catalyst in the reactor (g)
Wr amount of catalyst in the reacting zone (g)

(cracking) in order to maximize the yield to the desired prod-
uct. In some processes, the heat is supplied in part by the
sensible heat stored in the catalyst bed during the regenera-
tion step, and in other cases, additional heat is provided by
direct fuel combustion.

A variety of technologies are available commercially for
propane dehydrogenation[8], such as the Oleflex Process, de-
veloped by UOP, the Houdry Catofin Process (Air Products),
the Phillips STAR Process (Phillips Petroleum), the Linde
Process or the FBD-3 explained before. The great majority
operates in a cyclic way with fixed bed reactors and propane
is co-fed with hydrogen to decrease coke formation. Overall
propene selectivities of 85–90% are claimed.

Although propane dehydrogenation has been widely stud-
ied and it is a well-established process, increases in the yield-
selectivity relation, a better heat recover and other operational
advantages are still possible. To this end, reactors have been
tested for the reactions, such as the rotating monolith reactor
proposed by Stitt et al.[9] or membrane reactors to displace
the equilibrium[10].

During last years, our group has studied[11–16] a new
concept of fluidized bed reactors. It aims to exploit the fast
solid mixing characteristic of fluidized beds in order to ob-
tain a controlled solid flow between two-zones; as a result,
the catalyst regeneration can be performed in the same reac-
t st of
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Fig. 1. Scheme of the configurations used in this work: (a) TZFBR; (b)
ICFBR.

tem were given. Several other systems have been proposed to
transfer solid between adjacent fluid beds or parts of a bed.
Apart from the CFBR[18], which has been widely studied,
given its use for the FCC process and for coal combustion,
several other systems have been described in the literature
[19–21]. All of them have the same characteristic of trans-
porting the solid between different zones of a single vessel,
usually with the aim of employing each zone for a different
step of a process.

In this work, propane dehydrogenation over a Cr2O3 cata-
lyst has been studied in a bench scale plant, using a two-zone
fluidized bed reactor (TZFBR) configuration. The TZFBR
(Fig. 1a) uses segregated feeds for the oxidant and the hy-
drocarbon in a single vessel. This allows coke combustion
to take place in the oxidizing zone and the hydrocarbon re-
actions to the desired product in the reacting zone while the
catalyst circulates between both zones due to fast solid mix-
ing characteristic of fluidized beds. The other configuration
used occasionally is the internal circulation fluidized bed re-
actor (ICFBR,Fig. 1b) where an axial dividing slab allowed
the partition of the column in two beds connected from the
bottom and the top. Propane is fed in one of the partition
and the oxygen containing mixture was fed to the bottom
of the reactor. Since both beds have a different gas veloc-
ity, the different porosity results in a different pressure drop
( sure
d f the
d tion
b er to
b l for
c ke
or where the desired reaction is being carried out. Mo
he works developed in this reactor have been partial o
ion processes, such as oxidative coupling of methane[11],
xidative dehydrogenation of butane[12–14]and partial ox

dation of butane to maleic anhydride[15]. Also, butane ca
lytic dehydrogenation at lab scale[16], as an example o
on-oxidative reaction, has been previously studied at
ratory scale. It was demonstrated that stable operatio
e achieved in the non-oxidative dehydrogenation, be
ields comparable to the maximum initial yields reporte
orks where conventional dehydrogenation takes plac
ultaneously with net coke formation and catalyst de

ation have been obtained. A similar system where ox
nd hydrocarbon are fed separately to a fluidized bed
rst described in an old patent[17], but no details of the sy
smaller in the bed with larger porosity) and the pres
ifference that appears at the void space (at the end o
ivider) connecting both beds causes the solid circula
etween the oxidizing and the reacting zones. In ord
etter understand the reaction, a previous kinetic mode
hemical reaction[22], coke formation and effect of co



J. Gascón et al. / Chemical Engineering Journal 106 (2005) 91–96 93

over catalyst deactivation has been developed under transient
conditions.

2. Experimental

A scheme of the reaction system employed is shown
in Fig. 1. The reactor was a 6 cm diameter, 100 cm long
stainless steel tube, and two configurations have been proved;
in the first one, named TZFBR (Fig. 1a) propane was fed
in the middle height of the bed (hh), and an O2–Ar mixture
was fed in the bottom of the reactor. In the alternative
configuration, named ICFBR (Fig. 1b), an axial dividing
slab of 0.6 m long in the reactor allowed the partition of
the column with a thin plate in two regions of 1/3 and 2/3
of the total cross sectional area of the column, oxygen and
propane were fed in some of the both reactor partitions.
As it has been explained previously, the porosity difference
produces the catalyst circulation between both reactor re-
gions.

In all the experiments performed, a commercial
Cr2O3/Al2O3 catalyst, supplied by Nikki Chemical (N401
AG), was used. Before the reaction, the catalyst was ground
and sieved to a particle size of 160–250�m, calcined in air
at 650◦C, and treated under seven reaction-regeneration cy-
c ◦ ble
c led
(
i ds
t ns.
P 50%
o was
u ghts.
T g and
8
B files
h ining
a ature
d the
T

atog-
r and
F /100
a nces
w
f

take
s the
c was
c ctor.
T C.

bed
t he
r the
r and
p

3. Results and discussion

Fluidization conditions of the used catalyst were deter-
mined in a previous stage by performing different experi-
ments in the absence of reaction. Particle sizes below 150�m
can produce cohesive behavior, with formation of channels
through the bed, while a good fluidization was found with the
size range between 160�m and 250�m. Using Ar at 550◦C,
a minimum fluidization velocity (umf) of 30.6 cm (STP)/min
has been calculated from the bed pressure drop versus flow
rate curve.

Fig. 2 shows the evolution of propane conversion and
propene yield as a function of time for the TZFBR, tran-
sient behavior was observed for about 30 min, after which
the conversion and selectivities were stable. This is due to
the stabilization of the coke content of the catalyst along the
reactor for a given set of conditions. That means that constant
exit flow rates are achieved after an equilibrium is achieved
between coke formation in the reacting zone and coke burn-
ing in the oxidizing zone. Therefore, COx’s appear as a prod-
uct of coke burning in the oxidizing zone, but always in a
very low concentration (less than a 4%). The amount of COx

formed agrees well with the oxygen fed, and therefore the
steam reforming of propane is not significant. Also cracking
products, mainly methane and ethylene, are detected. The
s ura-
t en,
p s
s ion.
A ady-
s bility
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c .
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les for 30 min each at 600C to obtain an aged and sta
atalyst[23,24]. All the streams were mass flow control
Brooks). The total feed flow (Ar + O2 and C3H8) was var-
ed between 2700 and 3600 cm3 (STP)/min and correspon
o three and four times the minimum fluidization conditio
ropane feed in the experiments corresponds to around
f the total feed. A mobile axial stainless steel probe
sed to introduce the propane at different reactor hei
he mass of catalyst in the bed was varied between 400
00 g. The temperature was varied from 525◦C to 575◦C.
y using a mobile thermocouple, axial temperature pro
ave been determined in most of the experiments, obta
near constant profile in all cases. Typically, the temper
ifference between the top and the bottom of the bed in
ZFBR was smaller than 10◦C.

The exit gases were analyzed by online gas chrom
aphy (CE Instruments model GC-8000TOP, with TCD
ID detectors, using Chromosorb PAW 23% SP-170080
nd Molecular sieve 10 A 80/100 columns). Carbon bala
ere always better than±5% and usually better than±3%

or the steady-state experiments reported in this work.
Also, a mobile axial stainless steel probe was used to

amples of the catalyst to analyze the coke content in
atalyst along the bed. The combustion of the samples
arried out on a 6 mm internal diameter tubular quartz rea
he exit gases were collected in bag and analyzed by G

The main reactor-related variables studied were
emperature (T), oxygen flow rate fed in the reactor, t
elative height of the oxidizing and reacting zones and
elation between catalyst mass in the reacting zone
ropane feed (Wr/F).
ame stability behavior was found for the ICFBR config
ion. In packed bed reactor (PBR) without feeding oxyg
ropane conversion and yield to propene (Fig. 2) decrease
trongly with time due to deactivation by coke deposit
fter that, all the results reported correspond to the ste
tate, obtained after 4 h on reaction. Regarding the sta
f the catalysts, after 800 h under different operation co

ions, the conversion and selectivities measured for the
atalyst were within 5% deviation from the initial values

Fig. 3shows the effect of the amount of O2 fed in TZFBR
onfiguration. These experiments were carried out with a
tant input of argon and propane, while the flow of oxy

ig. 2. Evolution of propane conversion and propene yield with t
= 550◦C;W/F= 100 g h/mol;QAr = 20 cm3 (STP)/s;QO2 = 2 cm3 (STP)/s

C3H8 = 26 cm3 (STP)/s,hh = 8 cm;H= 20 cm.
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Fig. 3. Influence of the O2 flow upon propane conversion, propene selectivity
and cracking yield. Configuration: TZFBR;T= 550◦C;W/F= 150 g h/mol;
QAr = 24 cm3 (STP)/s;QC3H8 = 26 cm3 (STP)/s.hh/H= 0.5.

was varied. It can be seen that propane conversion increases
with oxygen flow, probably due to the higher quantity of coke
burning and as a consequence of a higher catalyst activity. Be-
tween 2 cm3 (STP)/s and 3 cm3 (STP)/s, the propene selectiv-
ity is nearly constant, but quantities of oxygen greater than a
limit (ca. 3 cm3 (STP)/s) produce a decrease in propene selec-
tivity, while propane conversion continue increasing. These
results could be explained because if there is more oxygen
than the amount necessary to burn the coke formed in the
reacting zone new reactions could take place. Cr2O3/Al2O3
catalyst is able to promote combustion[25] then, the hy-
drocarbon will react with the remaining oxygen to produce
COx’s and propene selectivity will decrease. These results are
in agreement with previous work in butane dehydrogenation
[16]. Otherwise, an excess of oxygen could oxidize Cr3+ to
Cr6+ which is also active in COx formation. No results are
given with oxygen flow less than 2 ml/s because in those ex-
periments the catalyst becomes deactivated without achieving
a steady-state. The flow rate of oxygen fed is obviously im-
portant in the reactor configuration used in this work for the
propane dehydrogenation. It must be able to achieve equi-
librium between the coke formed in the reacting zone and
the coke burning in the oxidized zone, and at the same time
avoiding propane and oxygen mixing, which produces COx

formation.
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Fig. 4. Coke concentration along the catalyst bed for two different O2 flow
rates fed in the reactor, operation conditions same asFig. 3.

ing the catalyst load in the bed with a height ratio of
the reacting zone/oxidizing zone equal to 1(hh/H= 1/2). As
was explained before, an optimum of oxygen flow rate
is found for eachWr/F ratio. It can be observed that the
propene yield in the optimum increases with theWr/F ra-
tio because propane conversion increases largely whereas
propene selectivity decreases slightly (not showed). The op-
timum of oxygen flowrate appears in a narrow range, around
2–3 cm3 (STP)/min due probably to that the ratio oxidizing
zone/reacting zone is the same and the larger the amount of
catalyst, the higher the rate of coke formation, which im-
plies also the need to increase the oxidizing zone to burn the
formed coke.

Fig. 6shows the propane conversion and the selectivity to
propene for the same catalyst weight in the reactor (W) but
for different propane entry points (hh), i.e. for the same total
height of the bed (H) but different relation between the height

F .
( n-
d

The coke content in catalyst along the bed has been
yzed using a solid probe to extract catalyst samples at
ral axial positions.Fig. 4shows the results obtained for co
ontent in catalyst along the bed for two different flow ra
f oxygen fed to the reactor. The amount of coke incre
long the bed, more quickly over the point where prop

s fed in the reactor (hh = 30 cm). As it could be expected
igher oxygen flow rate decreases the amount of coke, w
grees with the greater conversion and selectivity obta
Fig. 3).

The effect ofWr/F ratio on the propane yield is show
n Fig. 5. These experiments were carried out by v
ig. 5. Influence ofW/Fupon propene yield: (a)W/F= 125 g h/mol, TZFBR
b)W/F= 150 g h/mol, TZFBR. (c)W/F= 200 g h/mol, TZFBR. Other co
itions:T= 550◦C,QAr = 24 cm3 (STP)/s,QC3H8 = 26 cm3 (STP)/s.
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Fig. 6. Influence of relation between the length of the reducing and the
oxidizing zones using the same amount of catalyst in the bed. Configura-
tion: TZFBR,T= 550◦C, QAr = 24 cm3 (STP)/s,QC3H8 = 26 cm3 (STP)/s,
QO = 2.5 cm3 (STP)/s, weight of catalyst: 800 g.

of the reducing and the oxidizing zones (then differentWr/F
ratio). The feed flows of oxygen, propane and argon fed in the
reactor were the same for all cases. It is clear fromFig. 6that
more catalyst in contact with propane produces more conver-
sion but decreases propene selectivity. These results can be
explained with the help of a previous kinetic study[22] since
in the experiments with a larger reacting zone, the catalyst
reaches a higher coke content which affects the dehydrogena-
tion reaction, but not the cracking. Relations between length
zones greater than two do not allow the catalyst to be regen-
erated with the oxygen flow fed in this set of experiments
due to the higher coke formation and smaller oxidizing zone.

The effect of the temperature upon the conversion and
selectivities is presented inFig. 7. These experiments were
carried out with a constant input of argon and propane, while
the flow of oxygen was varied in order to achieve an opti-

F e se-
l ,
Q

Fig. 8. Conversion vs. selectivity for the experiments performed during this
work in TZFBR and ICFBR configurations and comparison with results in
the literature. Diverse operating conditions.

mum steady-state at each temperature (525◦C, 550◦C and
575◦C). As is expected from the kinetic model on coke for-
mation previously developed[22], around five times more
coke is formed at the highest temperature studied (575◦C)
than at the lowest (525◦C), producing a great oxygen de-
mand to obtain the steady-state. As the temperature was
raised in the 525–575◦C interval, the propane conversion
increased and the propene selectivity decreased. Conversion
increases quickly with temperature because dehydrogenation
and cracking are both very endothermic reactions and, as a
result, a small rise in temperature produces a large increase
in conversion. Also, the yield to COx at the highest temper-
ature is much greater than at the lowest temperature due to
the larger oxygen flow fed to burn the coke formed. On the
other hand, selectivity to propene decreases with tempera-
ture as could be expected due the lower activation energy for
propane dehydrogenation (8.5 kcal/mol) than for cracking re-
action (73.8 kcal/mol)[22].

In order to compare with the results in the TZFBR,
some experiments in the ICFBR system have also been
performed.Fig. 8shows the selectivity versus conversion for
the experiments obtained in both reactor configurations at
several operating conditions. For both reactors, the optimum
conditions seem to have a linear relation; for a given
conversion there is nearly constant selectivity independently
o this
fi ith
a the
o than
i our
e elec-
t BR
t na is
n ow
p ntly
b com-
ig. 7. Effect of temperature upon propane conversion and propen
ectivity. Configuration: TZFBR,W/F= 125 g h/mol,QAr = 24 cm3 (STP)/s

C3H8 = 26 cm3 (STP)/s,hh/H= 0.5.
n the operating conditions. The trend observed in
gure is that the TZFBR allows higher conversion, but w
penalty on selectivity. Changes in conversion with

perating conditions are less pronounced in the ICFBR
n the TZFBR, at least under the restrictions existing in
xperimental system. Otherwise it was found that the s
ivity for a given conversion was more variable in the ICF
han in the TZFBR. The explanation of these phenome
ot clear, but probably is related with the different solid fl
atterns in both reactors. A mathematical model is curre
eing developed to gain a better understanding of the
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plex relationship between the solid flow, the reaction and
deactivation kinetics and the reactor performance.Fig. 8also
shows the best results obtained in other works using different
catalysts for propane dehydrogenation in several experimen-
tal systems: Hullmann et al.[26] used a platinum silicon
nitride catalyst in a tubular fixed bed reactor, propane was
co-fed with H2; results presented from Ziaka et al.[27,28]
correspond to a catalytic membrane reactor with a Pt/Al2O3
catalyst. Takahara et al.[29] developed their work using
several Cr2O3 catalysts in fixed bed reactors. Kogan et al.
[30] used a modified Pt/Al2O3 catalyst in a hydrogen–steam
environment, while Mitchell et al.[31] employed a molybde-
num hydrocalcite catalyst in a fixed bed reactor. Only those
results obtained with a high dilution of propane[30] or with a
membrane reactor[27,28]allow achieving higher selectivity
for a given conversion, at least for conversions over 15%.
However, the use of high dilution implies further costs for the
product recovery, and the catalyst is quickly deactivated by
coke in membrane reactors due to the low partial pressure of
hydrogen.

4. Conclusions

This work demonstrated that TZFBR and ICFBR reactors
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